Oxygen consumption is one of the factors that contributes to the high treatment cost of a supercritical water oxidation (SCWO) system. In this work, we proposed an oxygen recovery (OR) process for an SCWO system based on the solubility difference between oxygen and CO 2 in high-pressure water. A two-stage gas-liquid separation process was established using Aspen Plus software to obtain the optimized separation parameters. Accordingly, energy consumption and economic analyses were conducted for the SCWO process with and without OR. Electricity, depreciation, and oxygen costs contribute to the major cost of the SCWO system without OR, accounting for 46.18, 30.24, and 18.01 $·t −1 , respectively. When OR was introduced, the total treatment cost decreased from 56.80 $·t −1 to 46.17 $·t −1 , with a reduction of 18.82%. Operating cost can be significantly reduced at higher values of the stoichiometric oxygen excess for the SCWO system with OR. Moreover, the treatment cost for the SCWO system with OR decreases with increasing feed concentration for more reaction heat and oxygen recovery.
Introduction
Supercritical water (SCW) (P > 22.1 MPa, T > 374 • C) has unique thermo-physical characteristics [1] , which can dissolve organic compounds and gases to form a homogeneous mixture without mass transfer resistance [2, 3] . SCW has been widely used to treat organic waste by supercritical water oxidation (SCWO) or supercritical water gasification (SCWG) for high efficiency and low residence time [3] [4] [5] . In the SCWO process, no SO 2 or NO X by-products during organic waste degradation emit [6] [7] [8] . Although SCWO has many unique advantages in treating wastewater, some technical problems, such as corrosion and salt plugging, have hindered its development for years [9, 10] . Inorganic acids (e.g., HCl and H 2 SO 4 ), combined with high temperature and high oxygen concentration, can cause severe corrosion of the reactor and other devices [11] . Inorganic salt is hardly soluble in SCW, which leads to the plugging of the reactor, as well as the preheating and cooling sections [12] . At present, an effective solution for corrosion and salt plugging is the use of a transpiring wall reactor (TWR). A TWR typically consists of a dual shell with an outer pressure-resistant vessel and an inner porous tube. Transpiring water at subcritical temperatures passes through the porous pipe to form a protective film on its inner surface. This water film can prevent reactants from spreading to the porous curve of the high-pressure zone. Moreover, the solubility of CO 2 is nearly one order of magnitude higher than that of oxygen under the same conditions. Given that reactor effluent is mostly composed of oxygen, CO 2 , and water, the ratio of oxygen to CO 2 in the gaseous phase under different conditions is calculated using the typical effluent composition in our previous pilot plant.
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High-Pressure Separation Process
To identify optimized parameters for OR, a simulation flow of a two-step separation process for reactor effluent based on high-pressure water absorption was first established using Aspen Plus V8.0 (Figure 4) . High-and low-pressure gas-liquid separators were introduced to separate and recover oxygen and CO2. 
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Definition of Process Parameters
The OR ratio (γO2) is defined as the oxygen in the gaseous phase of the high-pressure separator divided by the oxygen in the reactor effluent: Oxygen purity (βO2) is defined as the oxygen ratio in the gaseous phase of the high-pressure separator, which can be calculated as follows: Water can be typically disregarded when its content is small. Similarly, the CO2 recovery ratio (γCO2) is defined as the CO2 in the gaseous phase of the lowpressure separator divided by the CO2 in the reactor effluent: ' l F is the CO2 mass flow in the aqueous phase of the high-pressure separator.
CO2 purity (βCO2) is defined as the CO2 ratio in the gaseous phase of the low-pressure separator, which can be calculated as follows: are the mass flows of oxygen and water, respectively, in the gaseous phase of the low-pressure separator, and water can be typically disregarded when its content is small. The mass flow rate of oxygen is calculated using a constant R [18] , which is defined as follows: 
The OR ratio (γ O2 ) is defined as the oxygen in the gaseous phase of the high-pressure separator divided by the oxygen in the reactor effluent:
where F O 2 ,g and F O 2 ,l are the oxygen mass flows in the gaseous and aqueous phases, respectively, of the high-pressure separator. Oxygen purity (β O2 ) is defined as the oxygen ratio in the gaseous phase of the high-pressure separator, which can be calculated as follows:
where F CO 2 ,g and F H 2 O,g are the mass flows of CO 2 and water in the gaseous phase, respectively. Water can be typically disregarded when its content is small. Similarly, the CO 2 recovery ratio (γ CO2 ) is defined as the CO 2 in the gaseous phase of the low-pressure separator divided by the CO 2 in the reactor effluent:
where F CO 2 ,g is the CO 2 mass flow in the gaseous phase of the low-pressure separator, and F CO 2 ,l is the CO 2 mass flow in the aqueous phase of the high-pressure separator. CO 2 purity (β CO2 ) is defined as the CO 2 ratio in the gaseous phase of the low-pressure separator, which can be calculated as follows:
where F O 2 ,g and F H 2 O,g are the mass flows of oxygen and water, respectively, in the gaseous phase of the low-pressure separator, and water can be typically disregarded when its content is small. The mass flow rate of oxygen is calculated using a constant R [18] , which is defined as follows:
where F O 2 (kg/h) and F f (kg/h) are the mass flow rates of oxygen and the feed, respectively; and ω (wt%) is the methanol concentration in the feed.
Thermodynamic Property Models
The selection of an appropriate model for estimating the thermodynamic properties of reactor effluent is one of the most important steps that can affect the simulation results. To date, no model has been adopted for all the components and processes. Moreover, the same model cannot be used under all operating conditions, especially at wide ranges of pressure (0.1-23 MPa) and temperature (20-360 • C). Therefore, an appropriate method for estimating the separation process should be carefully selected. Aspen Plus includes a large databank of thermodynamic properties and transport models with the corresponding mixing rules for estimating mixture properties. Several potential thermodynamic models recommended by Aspen Plus were selected and tested (as listed in Table 1 ) based on the composition of our reactor effluent (i.e., water, CO 2 , and oxygen) and the range of the operating conditions. The selected models were simulated with default interaction parameters for the preliminary assessment due to the lack of component interaction coefficients within a large range. The γ O2 and γ CO2 values at different pressure and temperature values with 10 recommended thermodynamic models were plotted in Figure 5 . Additionally, the ideal results calculated from the experimental solubility data of Baranenko et al. [29] were also plotted for the comparison and verification of the thermodynamic models. In the ideal results calculation, the reactor effluent was assumed to conduct an ideal separation in the high-pressure and low-pressure separators, and the interaction between O 2 and CO 2 has been ignored.
Identifying an accurate thermodynamic model that can fulfill the standard for CO 2 and oxygen within a wide range of temperature and pressure values is difficult, as shown in Figure 5 . The γ O2 (Figure 5a ,c,e,g,i,k) calculated using the BWR-LS, PR-BM, SR-POLAR, SRK, PSRK, RKS-BM, and LK-Plock models agree well with the ideal results calculated from the experimental solubility data (red curves) of Baranenko et al. [29] . By contrast, the comparison of γ CO2 between the thermodynamic models and the ideal results present more complex information. At 0.1 MPa (Figure 5b ), all the models can accurately predict γ CO2 . At 2 MPa (Figure 5d ) and 4 MPa (Figure 5f ), only the PSRK, RKS-BM, and RKS-MHV2 models exhibit accurate prediction performance in terms of trend and value. At higher pressures (i.e., 6, 8, and 10 MPa), only the PSRK model (magenta curves) can achieve good prediction performance, with a maximal deviation of less than 20% (Figure 5h ,j,l). Thus, PSRK is selected as the thermodynamic model for the high-pressure separation process in this study under the comprehensive consideration of γ O2 and γ CO2 . A detailed model expression for PSRK is available in the literature [31] . Table 1 . Potential thermodynamic property models in Aspen Plus for the process.
Aspen Plus Property Model
Model Name
Redlich-Kwong-Soave-MHV2 Figure 5 . Comparisons of the ideal results calculated from the experimental solubility data and simulation results at different pressures and temperatures, (a) γO2 at P = 0.1 MPa, (b) γCO2 at P = 0.1 MPa, (c) γO2 at P = 2 MPa, (d) γCO2 at P = 2 MPa, (e) γO2 at P = 4 MPa, (f) γCO2 at P = 4 MPa, (g) γO2 at P = 6 MPa, (h) γCO2 at P = 6 MPa, (i) γO2 at P = 8 MPa, (j) γCO2 at P = 8 MPa, (k) γO2 at P = 10 MPa, (l) γCO2 at P = 10 MPa.
Effects of Operating Parameters
Stoichiometric Oxygen Excess
The interaction between the high-and low-pressure separators typically results in different recovery ratio and purity values for oxygen and CO2. For convenience, the separation parameters of the low-pressure separator are set under ambient conditions (P = 0.1 MPa, T = 20 °C) and, thus, we focus only on the separation parameters of the high-pressure separator. Figure 6 (a1-a4,b1-b4) show that a temperature increase or a pressure decrease is favorable for increasing γO2 but unfavorable for increasing βO2. R = 1.5 is used as an example. γO2 is 89.3% at P = 8 MPa and T = 20 °C, and it increased to 92.8% when pressure decreased to 5 MPa. γO2 increased further to 96.4% when pressure and temperature were modified to 5 MPa and 90 °C, respectively ( Figure  6 (a1)). Similarly, βO2 is 78.5% at P = 8 MPa and T = 20 °C. It decreased to 70.1% when pressure was reduced to 5 MPa and to 56.5% when pressure and temperature were adjusted to 5 MPa and 90 °C, respectively ( Figure 6(b1) ). 
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The input of the low-pressure separator came from the aqueous mixture of the high-pressure separator. Thus, γCO2 and βCO2 in the low-pressure separator are dependent on the separation parameters of the high-pressure separator. A standard for the high-pressure separator is first defined with high values of γO2 (>80%) and βO2 (>70%) to narrow down the parameter range. The separating pressure and temperature values that can fulfill the standard can then be obtained. Subsequently, γCO2 and βCO2 are analyzed based on the high-pressure separation results. Figure 6 (c1-c4) show that a temperature increase or a pressure decrease in the high-pressure separator decreases γCO2, which is contrary to the effects of pressure and temperature on γO2. R = 1.5 is used as an example. γCO2 is 78.9% at 8 MPa and 30 °C, and it decreased to 42.1% at 5 MPa and 90 °C ( Figure 6(c1) ). Moreover, Figure 6 (d1-d4) show that a decrease in temperature and pressure are beneficial for βCO2. βCO2 is 83.3% at 8 MPa and 90 °C, and it increased to 86.7% when pressure decreased to 5 MPa. Moreover, βCO2 increased further to 88.7% when pressure and temperature were decreased to 5 MPa and 30 °C, respectively ( Figure 6(d1) ). Figure 6 shows that an increase in R contributes to an increase in γO2 and βO2, but decreases the values of γCO2 and βCO2. γO2, βO2, γCO2, and βCO2 at P = 5 MPa and T = 90 °C are 92.8%, 56.5%, 42.1%, and 88.9%, respectively, at R = 1.5. γO2 and βO2 increased to 98.2% and 78.5%, respectively, whereas γCO2 and βCO2 decreased to 15.7% and 75%, respectively, when R increased to 3. An increase in R increases the amount of oxygen in reactor effluent, whereas the amount of CO2 remains constant (constant (Table 2 (A1−A4))). An increase in R is conducive to OR, but reduces CO2 recovery and purity. The optimized parameters are provided in Table 2 (A1−A4). pressure range of 6 MPa to 7 MPa and a temperature range of 30 °C to 40 °C are appropriate for the high-pressure separator.
Feed Concentration
The effects of pressure and temperature at different feed concentrations on species recovery and purity ( Figure 7 (a1−a5,b1−b5,c1−c5,d1−d5)) are similar to those discussed in the previous section. The 
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The effects of pressure and temperature at different feed concentrations on species recovery and purity ( Figure 7 (a1−a5,b1−b5,c1−c5,d1−d5)) are similar to those discussed in the previous section. The values of γ CO2 and β O2 will be lower at higher feed concentrations, but the values of γ O2 and β CO2 will be higher. Although an increase in feed concentration will increase the amounts of oxygen and CO 2 in the reactor effluent with the same proportion, the solubility difference between oxygen and CO 2 in the water achieves the following results. The γ O2 , β O2 , γ CO2 , and β CO2 at P = 5 MPa and T = 90 • C are 88.9%, 80.0%, 50.0%, and 66.7% at ω = 2 wt%, respectively (Figure 7(a1,b1,c1,d1) ). When ω increased to 10 wt%, γ O2 and β CO2 increased to 98.2% and 85.7%, respectively, but β O2 and γ CO2 decreased to 68.2% and 19.3%, respectively (Figure 7(a5,b5,c5,d5) ).
Therefore, an increase in feed concentration is also conducive to OR, but oxygen purity will be lower. Moreover, an increase in feed concentration is unfavorable for CO 2 recovery, but high CO 2 purity will be obtained. The optimized parameters at different feed concentrations are provided in (B1−B4) in Table 2 . A pressure range of 5 MPa to 7 MPa and a temperature range of 30 • C to 70 • C are appropriate for the high-pressure separator. values of γCO2 and βO2 will be lower at higher feed concentrations, but the values of γO2 and βCO2 will be higher. Although an increase in feed concentration will increase the amounts of oxygen and CO2 in the reactor effluent with the same proportion, the solubility difference between oxygen and CO2 in the water achieves the following results. The γO2, βO2, γCO2, and βCO2 at P = 5 MPa and T = 90 °C are 88.9%, 80.0%, 50.0%, and 66.7% at ω = 2 wt%, respectively ( Figure 7(a1,b1,c1,d1) ). When ω increased to 10 wt%, γO2 and βCO2 increased to 98.2% and 85.7%, respectively, but βO2 and γCO2 decreased to 68.2% and 19.3%, respectively ( Figure 7(a5,b5,c5,d5) ). Therefore, an increase in feed concentration is also conducive to OR, but oxygen purity will be lower. Moreover, an increase in feed concentration is unfavorable for CO2 recovery, but high CO2 purity will be obtained. The optimized parameters at different feed concentrations are provided in (B1−B4) in Table 2 . A pressure range of 5 MPa to 7 MPa and a temperature range of 30 °C to 70 °C are appropriate for the high-pressure separator. The effect of feed concentration on the performance of the high-pressure and low-pressure separator, (a1) γO2 at ω = 2 wt%, (a2) γO2 at ω = 4 wt%, (a3) γO2 at ω = 6 wt%, (a4) γO2 at ω = 8 wt%, (a5) γO2 at ω = 10 wt%, (b1) βO2 at ω = 2 wt%, (b2) βO2 at ω = 4 wt%, (b3) βO2 at ω = 6 wt%, (b4) βO2 at ω = 8 wt%, (b5) βO2 at ω = 10 wt%, (c1) γCO2 at ω = 2 wt%, (c2) γCO2 at ω = 4 wt%, (c3) γCO2 at ω = 6 wt%, (c4) γCO2 at ω = 8 wt%, (cd) γCO2 at ω = 10 wt%, (d1) βCO2 at ω = 2 wt%, (d2) βCO2 at ω = 4 wt%, (d3) βCO2 at ω = 6 wt%, (d4) βCO2 at ω = 8 wt%, and (d5) βCO2 at ω = 10 wt%. The effect of feed concentration on the performance of the high-pressure and low-pressure separator, (a1) γ O2 at ω = 2 wt%, (a2) γ O2 at ω = 4 wt%, (a3) γ O2 at ω = 6 wt%, (a4) γ O2 at ω = 8 wt%, (a5) γ O2 at ω = 10 wt%, (b1) β O2 at ω = 2 wt%, (b2) β O2 at ω = 4 wt%, (b3) β O2 at ω = 6 wt%, (b4) β O2 at ω = 8 wt%, (b5) β O2 at ω = 10 wt%, (c1) γ CO2 at ω = 2 wt%, (c2) γ CO2 at ω = 4 wt%, (c3) γ CO2 at ω = 6 wt%, (c4) γ CO2 at ω = 8 wt%, (cd) γ CO2 at ω = 10 wt%, (d1) β CO2 at ω = 2 wt%, (d2) β CO2 at ω = 4 wt%, (d3) β CO2 at ω = 6 wt%, (d4) β CO2 at ω = 8 wt%, and (d5) β CO2 at ω = 10 wt%. Table 2 . Detailed parameters of the high-pressure and low-pressure parameters. α The stoichiometric oxygen excess at the reactor inlet. β the feed concentration at the reactor inlet, and corresponding feed flow F f is 10 kg·h −1 . γ the oxygen (F O2 ) and carbon dioxide (F CO2 ) flows at the reactor outlet were calculated from the completed oxidation of methanol based on the parameters of the reactor inlet. δ the water flow (F H2O ) at the reactor outlet was originated from the injection of transpiring water with a transpiring intensity of 0.06 [13] and methanol oxidation product. ε A2 = B3.
Aspen Model for SCWO System Simulation with Energy and Species Recovery
In this section, our pilot plant was amplified similar to an SCWO industrial plant with a treatment capacity of 1000 kg/h based on the optimized parameters for energy and species recovery. The simulation process can be established without considering the complex equipment structure in Aspen Plus, which is a 1D simulation software based on mass and energy conservation.
TWR
A TWR is the most important equipment of an SCWO system, and Figure 8a shows the diagram of the TWR in our pilot plant [13] . Five streams were introduced into the reactor. The oxygen and the feed were injected into the reactor via a coaxial nozzle from the top of the reactor, with oxygen in the central tube and the feed in the outer tube. The transpiring tube is divided into three zones using two retaining rings to ensure that the transpiring streams can pass through the porous tube at different temperatures and flow rates. The transpiring water (tw) is divided into three branches, namely, the upper (tw1), middle (tw2), and lower (tw3) branches of transpiring water.
Considering the complicated flow, transpiring heat, and reaction characteristics, the reactor was separated into three sections for simplicity, namely, the mixing, adiabatic reacting, and cooling sections. A simplified model was proposed to simulate the TWR (Figure 8b ) in Aspen Plus. The mixing section provides a sufficient mixing space for the reactants. Among the three branches of transpiring water, the upper branch is the only one that can directly influence the reaction [11] . For simplicity, the feed, oxygen, and upper branch of transpiring water will first flow into a mixer to fully mix the reactants. The adiabatic reacting section is simulated by a plug flow reactor (PLUG). When reaction is done, the product flows into the cooling section where the middle and lower branches of transpiring water are injected sequentially into the reactor, and the two mixers are used to simulate the mixing process. Finally, hot effluent flows out of the reactor.
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Reaction
A desalinated water-methanol mixture is also used as artificial wastewater in Aspen Plus. Previous experimental results [13, 32] have proven that CO is the major intermediate during the SCWO of methanol. Thus, a two-step mechanism based on Arrhenius law is created and implemented in the simulation, as shown in Equations (6) to (9): 
A desalinated water-methanol mixture is also used as artificial wastewater in Aspen Plus. Previous experimental results [13, 32] have proven that CO is the major intermediate during the SCWO of methanol. Thus, a two-step mechanism based on Arrhenius law is created and implemented in the simulation, as shown in Equations (6) 
The kinetic data used in the present study were based on the literature [33] [34] [35] [36] , and the reaction order of oxygen was assumed zero because of the large excess amount.
Process Flow
The simulation process, including energy recovery and OR, was developed and presented in Figure 9 . After the feed is pressurized by pump 1 (P1), it first flows into heat exchanger 1 (HE1) to be heated by one branch of the final products (FINAL), and then it flows into electric heater 1 (EH1) for further heating. Simultaneously, oxygen is pressurized by the air compressor (AC), and then flows into mixer 1 (M1) to fully mix with the feed and tw1. After transpiring water is pressurized by pump 2 (P2), it splits into three branches (tw1, tw2, and tw3). Before tw1 reaches M1, it first flows into heat exchanger 2 (HE2) to be preheated, and then flows to electric heater 2 (EH2) for further heating. tw2 is preheated by heat exchanger 3 (HE3), and then it mixes with the effluent in mixer 2 (M2). tw3 mixes with the effluent in mixer 3 (M3) to form the final products (FINAL). Oxygen and tw3 are injected into the reactor at room temperature. 
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Energy and Economic Analysis
Equipment Investment Calculation
Several alternatives are available to estimate the cost of a major piece of equipment, such as obtaining a quotation from a suitable vendor, using the cost data of a previously purchased equipment of the same type, or utilizing available summary graphs for various types of common equipment. Considering that no similar SCWO industrial plant exists, the last option may be more accurate for our preliminary cost estimation. This methodology allows the estimation of equipment and installation costs according to certain base conditions (e.g., low pressure and construction materials with the lowest cost) and a particular year. Deviations from the base conditions are corrected by a factor that depends on working pressure and construction materials. The obtained cost is then translated into the current time by using an index that considers the time variation of equipment cost.
On the basis of the results obtained for the pilot plant under typical conditions (Table 3 , B3, and D3), economic analyses for the 1000 kg/h SCWO plant with and without OR were performed. The investment costs for the TWR, high-pressure pumps, compressors, electric heaters, and gas-liquid separators can be calculated as follows [37] :
where C is the equipment investment that uses carbon steel under environmental conditions, and X is the design parameter (e.g., pump power and reactor volume). P is the design pressure, which is set as 30 MPa.
, and B 2 are constant for each piece of equipment. F P and F M are the pressure and material correction coefficients, respectively. Detailed data are provided in Table 4 . Directly estimating the cost of the TWR is difficult because no similar reactor is available for comparison. The cost of a plug flow reactor was first estimated with the same volume for sufficient residence time, and then the cost of the TWR was calculated based on our empirical relationship. The reactor was divided into three sections according to our previous TWR design [24] . The total required volume of the reactor is 570 L. Thus, the actual reactor volume is 695 L when a loading coefficient of 0.82 is considered [38] .
Shell and tube heat exchangers were selected in the SCWO system, and the cost of the regular heat exchanger can be calculated as follows [39] :
where A is the heat exchanger area. Considering that the heat exchanger was used in high-pressure and high-temperature conditions, δ M , δ P , and δ T are the material, pressure, and temperature correction coefficients (Table 5) , respectively, which were used to modify cost estimation. The obtained cost is then translated into the present time by using an index that considers the time variation of equipment cost for the process industries, which was calculated using the following equation [37] :
Given the aforementioned considerations, the total equipment cost for the SCWO pilot plant with and without OR in 2016 was calculated as $2,592,096 and $2,522,654, respectively. Details on equipment sizing assumptions, construction materials, and estimated cost per piece of equipment are presented in Table 6 . a obtained from reference [38] . b based on the power consumption in the system startup. c set as 15% of the equipment cost.
Treatment Cost Calculation and Distribution
The treatment cost of an SCWO system includes investment and operating costs. The basic operating costs were determined using the procedure parameters in Table 3 (B3) and (D3), which were estimated under the assumption that the plant operates 330 days a year and 24 h a day. The operating cost includes energy consumption, raw material, labor, and capital-related costs [36] . Energy consumption cost includes the cost of electricity required to operate the process equipment and the plant. Raw material cost, which includes the costs of oxygen, cooling water, and transpiring water, was estimated from the amount of required raw materials. Labor cost includes the salaries of operation and supervisory employees. The depreciation time of the system is 10 years, and the maintenance cost is 3% of the equipment cost. Figure 10 shows the treatment cost comparisons of the SCWO systems with and without OR. In the SCWO system without OR, electricity, depreciation, and oxygen contribute to the primary treatment cost, accounting for 46.18, 30.24, and 18.01 $·t −1 , respectively, of the total cost. Although the heat of the reactor effluent has been recovered, energy (electricity) consumption remains high. This phenomenon is attributed to the low-grade heat of the reaction effluent (<370 • C) due to the injection of transpiring water at a low temperature to avoid salt plugging. Hot water, which comprises the major income of the system, was calculated as a negative value in the treatment cost and accounted for −56.72 $·t −1 . Thus, the total treatment cost for the SCWO system without OR is 56.80 $·t −1 , with electricity and oxygen cost accounting for 81.30% and 31.69% of the total treatment cost, respectively. 
Effect of Stoichiometric Oxygen Excess
On the basis of the previously designed system, this section investigates the effects of the operating parameters on energy consumption and treatment cost. Similar to the previous analysis, several episodes of actual oxygen consumption may be necessary for complete feed degradation. Thus, the effect of R on the treatment cost of the SCWO systems with and without OR is analyzed in this section, and the operating parameters and detailed results are listed in Table 3 (A1-A4, C1-C4) and Table 7 (A1-A4, C1-C4). Electricity consumption and hot water income increase slightly with an increase in R in both SCWO systems (Figure 11a,e) . Oxygen consumption increases linearly with an increase in R in the SCWO system without OR. When R increased from 1.5 to 3, oxygen consumption considerably increased from 13.5 $·t −1 to 27 $·t −1 (Figure 11b ). Furthermore, a slight increase in cooling water consumption (Figure 11d ) occurs with an increase in R. An increase in R has minimal effect on depreciation, repair (Figure 11c) , transpiring water consumption, manpower (Figure 11d) , and CO2 income (Figure 11e) . Thus, the treatment cost of the SCWO system without OR can increase from 53.89 $·t −1 to 65.25 $·t −1 (Figure 11f ) when R increased from 1.5 to 3. In the SCWO system with OR, oxygen consumption in the start-up stage is equal to that of the SCWO system without OR. However, the supplemental oxygen content is gradually reduced to a value that is slightly higher than the actual oxygen consumption after attaining OR equilibrium (Table 3) . Thus, an increase in R exerts minimal effect on oxygen consumption (Figure 11b) . Moreover, high-purity CO2 can be recovered as an Electricity, depreciation, and oxygen still contribute to the primary treatment cost of the SCWO system with OR. Electricity consumption slight decreases from 46.18 $·t −1 to 45.88 $·t −1 due to OR, but oxygen cost significantly decreased from 18.01 $·t −1 to 9.77 $·t −1 . Additionally, the additional income of CO 2 , which accounted for −5.65 $·t −1 , was obtained due to OR. Treatment cost considerably decreased from 56.80 $·t −1 to 46.17 $·t −1 , with a reduction rate of 18.82%. Thus, OR considerably contributes to reducing the treatment cost of an SCWO system.
On the basis of the previously designed system, this section investigates the effects of the operating parameters on energy consumption and treatment cost. Similar to the previous analysis, several episodes of actual oxygen consumption may be necessary for complete feed degradation. Thus, the effect of R on the treatment cost of the SCWO systems with and without OR is analyzed in this section, and the operating parameters and detailed results are listed in Table 3 (A1-A4, C1-C4) and Table 7 (A1-A4, C1-C4). Electricity consumption and hot water income increase slightly with an increase in R in both SCWO systems (Figure 11a,e) . Oxygen consumption increases linearly with an increase in R in the SCWO system without OR. When R increased from 1.5 to 3, oxygen consumption considerably increased from 13.5 $·t −1 to 27 $·t −1 (Figure 11b ). Furthermore, a slight increase in cooling water consumption (Figure 11d ) occurs with an increase in R. An increase in R has minimal effect on depreciation, repair (Figure 11c) , transpiring water consumption, manpower (Figure 11d ), and CO 2 income (Figure 11e) . Thus, the treatment cost of the SCWO system without OR can increase from 53.89 $·t −1 to 65.25 $·t −1 (Figure 11f ) when R increased from 1.5 to 3. In the SCWO system with OR, oxygen consumption in the start-up stage is equal to that of the SCWO system without OR. However, the supplemental oxygen content is gradually reduced to a value that is slightly higher than the actual oxygen consumption after attaining OR equilibrium (Table 3) . Thus, an increase in R exerts minimal effect on oxygen consumption (Figure 11b) . Moreover, high-purity CO 2 can be recovered as an income due to OR (Figure 11e ). In addition, equipment repairs and depreciation (Figure 11c ), cooling water, transpiring water, and manpower consumption (Figure 11d ) also exhibit minimal differences with varying R values. Figure 11f shows that the treatment cost of the SCWO system with OR slightly increased from 46.63 $·t −1 at R = 1.5 to 48.89 $·t −1 at R = 3, which motivates us to operate the SCWO system with a high R value for complete feed degradation. Figure 11 . The effect of R on the treatment cost for the SCWO system with and without OR, (a) electricity consumption, (b) oxygen consumption, (c) equipment repairs and depreciation, (d) cooling water, transpiring water, and manpower consumption, (e) CO2 and hot water income, and (f) total treatment cost.
Effect of the Feed Concentration
The treatment cost for feed concentration between 2 wt% and 8 wt% is tested in this section under operating conditions, and the detailed results are listed in Table 3 (B1-B4, D1-D4) and Table   Figure 11 . The effect of R on the treatment cost for the SCWO system with and without OR, (a) electricity consumption, (b) oxygen consumption, (c) equipment repairs and depreciation, (d) cooling water, transpiring water, and manpower consumption, (e) CO 2 and hot water income, and (f) total treatment cost.
The treatment cost for feed concentration between 2 wt% and 8 wt% is tested in this section under operating conditions, and the detailed results are listed in Table 3(B1-B4, D1-D4) and Table 7(B1-B4,  D1-D4) . When feed concentration increases, oxygen and transpiring water flow rates will also increase for feed degradation and reactor protection, and consequently, the electricity consumption of the pumps will also increase. However, reaction heat linearly increases with increasing feed concentration, and more heat can be recovered from the reactor effluent. Moreover, the preheating temperature of the feed at the starting and steady states can be reduced at a high feed concentration [40] . Thus, the total electricity consumption of the systems with and without OR decreased from 49.51 $·t −1 and 49.80 $·t −1 to 44.35 $·t −1 and 43.91 $·t −1 , respectively, when feed concentration was increased from 2 wt% to 8 wt% (Figure 12a) .
Oxygen consumption significantly increased from 6.00 $·t −1 at ω = 2 wt% to 24.00 $·t −1 at ω = 8 wt% (Figure 12b) , and hot water income considerably increased from 48.6 $·t −1 to 60.75 $·t −1 (Figure 12e ) in the SCWO system without OR. Thus, treatment cost can increase from 54.82 $·t −1 at ω = 2 wt% to 57.93 $·t −1 at ω = 8 wt% (Figure 12f ). In the SCWO system with OR, when feed concentration was increased from 2 wt% to 8 wt%, the supplemental oxygen content increased from 3.26 $·t −1 to 13.05 $·t −1 , respectively (Figure 12b ), and hot water and CO 2 income increased from 47.25 $·t −1 and 1.57 $·t −1 to 58.05 $·t −1 and 7.22 $·t −1 , respectively (Figure 12e ). Figure 12f shows that the treatment cost of the SCWO system with OR decreased from 54.27 $·t −1 at ω = 2 wt% to 42.06 $·t −1 at ω = 8 wt%. Thus, an increase in feed concentration is conducive to reducing both the energy consumption and the treatment cost of the SCWO system with OR. Figure 12f shows that the treatment cost of the SCWO system with OR decreased from 54.27 $·t −1 at ω = 2 wt% to 42.06 $·t −1 at ω = 8 wt%. Thus, an increase in feed concentration is conducive to reducing both the energy consumption and the treatment cost of the SCWO system with OR. Figure 12 . The effect of feed concentration on the treatment cost for a SCWO system with and without OR, (a) electricity consumption, (b) oxygen consumption, (c) equipment repairs and depreciation, (d) cooling water, transpiring water, and manpower consumption, (e) CO2 and hot water income, and (f) total treatment cost.
Conclusions
In this work, a species recovery process for an SCWO system with a TWR was first proposed based on the solubility difference between oxygen and CO2 in high-pressure water. Thus, oxygen and CO2 can be separated and recovered from the reactor effluent to reduce operating cost.
A two-step separation process was first established using Aspen Plus software to increase species recovery rate. Then, 10 potential thermodynamic models for high-pressure separation were evaluated and selected. The detailed recovery rates of oxygen and CO2 were compared with the ideal results calculated from the experimental solubility data. The PSRK model was proven to be an appropriate thermodynamic model for predicting the separation process of the reactor effluent under a wide range of conditions. Accordingly, the detailed optimized parameters for species separation were obtained. 
In this work, a species recovery process for an SCWO system with a TWR was first proposed based on the solubility difference between oxygen and CO 2 in high-pressure water. Thus, oxygen and CO 2 can be separated and recovered from the reactor effluent to reduce operating cost.
A two-step separation process was first established using Aspen Plus software to increase species recovery rate. Then, 10 potential thermodynamic models for high-pressure separation were evaluated and selected. The detailed recovery rates of oxygen and CO 2 were compared with the ideal results calculated from the experimental solubility data. The PSRK model was proven to be an appropriate thermodynamic model for predicting the separation process of the reactor effluent under a wide range of conditions. Accordingly, the detailed optimized parameters for species separation were obtained.
The SCWO processes with and without OR were simulated and economic analyses were conducted. Electricity, depreciation, and oxygen costs contribute to the major treatment cost of the SCWO system without OR, accounting for 46.18, 30.24, and 18.01 $·t −1 , respectively. When OR was introduced, oxygen cost decreased from 18.01 $·t −1 to 9.77 $·t −1 , and additional CO 2 income, which amounted to −5.65 $·t −1 , was gained due to OR. The total treatment cost considerably decreased from 56.80 $·t −1 to 46.17 $·t −1 , with a reduction rate of 18.82%. Thus, OR contributes to reducing the treatment cost of an SCWO system. In addition, R and feed concentration increased and contributed to reducing the operating cost of the SCWO system with OR.
As a preliminary study of new SCWO system with OR, more experiments are needed to obtain more accurate results based on the simulation results in the future.
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